
Efficiency of Hydrogen Recovery from
Reformate with a Polymer Electrolyte

Hydrogen Pump
Ahmed Abdulla, Kathryn Laney, Miriam Padilla, Sankaran Sundaresan, and Jay Benziger

Chemical and Biological Engineering Dept., Princeton University, Princeton, NJ 08544

DOI 10.1002/aic.12406
Published online September 29, 2010 in Wiley Online Library (wileyonlinelibrary.com).

The energy efficiency of hydrogen recovery from mixtures of CO2, H2O, and H2 by
a polymer electrolyte hydrogen pump (PEHP) has been evaluated. The PEHP pumps
protons across the polymer electrolyte, producing [99.99% pure H2 and a concen-
trated CO2 stream. Single stage PEHP experiments recovered 65% of the hydrogen
with an energy efficiency of 50%. The energy efficiency is limited by hydrogen mass
transport across the porous gas diffusion electrode. The mass transport resistance for
hydrogen increases as H2 is depleted from the CO2/H2 mixture by the PEHP. Analysis
shows that a multistage PEHP with fixed applied potential difference can recover
[90% of the hydrogen with an energy efficiency of 75%, whereas a novel multistage
PEHP design with a programmed voltage profile can achieve [90% energy efficiency
with [98% hydrogen recovery. VVC 2010 American Institute of Chemical Engineers AIChE J,

57: 1767–1779, 2011
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Introduction

Energy recovery from coal with carbon sequestration is a
critical technology to reduce atmospheric carbon emissions
in the next 20 years. Efficient separation of hydrogen from
carbon dioxide is essential for successful integrated coal gas-
ification and carbon capture. Steam reforming followed by
the water gas shift reaction converts the coal into reformate,
primarily CO2, H2O, and H2.

1,2 After H2/CO2 separation, the
H2 can be used as a fuel, and the CO2 can be sequestered.
Hydrogen is a clean versatile fuel that can be used in several
different energy conversion technologies; it can be com-
busted in gas turbines or be electrochemically converted to
electricity in fuel cells.3,4 Hydrogen can also be sent via
pipelines from remote locations where the reforming and
sequestration are done to the points of use. As a fuel, hydro-

gen only emits water vapor into the atmosphere at the point
of use, whether used in a turbine or a fuel cell.

‘‘Hydrogen from Coal Multi-Year R&D Plan’’ of the US
Department of Energy (DOE) presents in detail the expected
improvements in gasification technology that will make inte-
grated coal gasification and carbon sequestration a commer-
cially viable option for hydrogen production in the future.5

Because of the large amounts of CO2 that are produced in
this process, efficient methods for separating CO2 and H2 are
necessary. The DOE is running a carbon sequestration R&D
initiative parallel to the ‘‘Hydrogen from Coal’’ program to
use coal without contributing to global warming.6 Current
sequestration methods cost between $100 and $300 per ton
of carbon emissions are avoided, and the goal is to reduce
these costs to under $10 per ton,6 so there is a long way to
go before carbon sequestration can be adopted on a large
scale.

Steam reforming of coal followed by the water gas shift
reaction generates a mixture of hydrogen and carbon dioxide
(CO2/H2 ¼ 0.5 for coal CO2/H2 ¼ 0.25 for natural gas),
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water vapor, and lesser amounts of impurities including car-
bon monoxide (CO/CO2~0.01–0.1), low molecular weight
hydrocarbons, and sulfur compounds. ‘‘Clean energy’’ should
recover a pure hydrogen product from the reformate
stream.7,8 State-of-the-art technology emphasizes CO2 re-
moval rather than hydrogen recovery. Traditional approaches
use alkaline or amine scrubbing of the CO2. The scrubbing
solutions must be regenerated by heating them to desorb the
CO2. The heat input for CO2 desorption is substantial and
reduces the overall energy efficiency of the process to
~75%.1,8 Furthermore, the impurities in the reformate stream
are left mixed with the H2 stream, which requires a second
purification step to recover the hydrogen.

Pressure swing adsorption is an alternative method to
remove the CO2 from reformate by adsorption onto a basic
metal oxide.9–13 Other methods of purifying hydrogen
include cryogenic distillation14,15 and membrane separation
techniques.16–26 Cryogenic methods are not very energy effi-
cient. Membrane separators include palladium and micropo-
rous silica materials; the present membranes are too costly
to be used on a large scale.

Other separation methods are used to remove the trace
amounts of carbon monoxide, hydrocarbons, and sulfur com-
pounds that remain in the hydrogen after CO2 removal. The
most significant impurity is carbon monoxide, which occurs
at concentrations of 0.1–1% in reformate streams. CO can be
converted to CO2 using selective oxidation catalysis at the
front end of the hydrogen recovery.27–32 This technology has
been demonstrated for treating CO impurities in the hydro-
gen feed to PEM fuel cells.

We report here the efficiency of recovery of hydrogen
from H2-CO2 mixtures by electrochemical pumping. The
polymer electrolyte hydrogen pump (PEHP) consists of a
proton conducting polymer electrolyte sandwiched between
two porous electrodes as shown in Figure 1. Reformate gas
stream containing H2 is fed to the anode. Voltage is applied
across the cell, oxidizing H2 to protons and electrons at the
anode. The protons are transported across the polymer elec-
trolyte membrane to the cathode, where they are reduced
producing hydrogen. The pumping is done at low potentials
where CO2 and H2O are electrochemically unreactive; only
hydrogen is pumped across the electrolyte producing a pure
hydrogen stream at the cathode. The PEHP acts both as a
separator unit and as a pump; a small increase in the applied
potential difference can pressurize the hydrogen stream at
the cathode. This is an advantage to permselective mem-
branes where the separation is pressure driven and the
hydrogen product is recovered at reduced pressure.

Several applications of PEHPs have been reported in the
literature. The PEHP as a compressor has been studied33; the
PEHP allows for energy efficient pressurization of hydrogen.
More recently, PEM fuel cells have been combined with
electrochemical pumps for the purpose of hydrogen recircu-
lation in fuel cell stacks.34

The idea of using PEHPs for the purpose of purification
of mixed streams was pioneered in the 1980s by Sedlak
et al.35 The concept was recently revived and several papers
have been written over the past 2–3 years. Gardner and
Ternan demonstrated the feasibility of recovery of hydrogen
from H2/CO2 mixtures with and without CO contamina-
tion.36 They demonstrated that pulsing the voltage to periodi-

cally oxidize adsorbed CO could mitigate the problem of
CO contamination. The maximum current densities observed
by Gardner and Ternan were �0.2 A/cm2. Casati et al.
reported the operation of a PEHP for separating H2 from H2/
N2 mixtures.37 They showed that the recovery increased with
applied potential difference and the coefficient of perform-
ance (defined as the ratio of hydrogen produced to hydrogen
consumed) decreased with applied potential difference.
Casati et al. suggested that there should be optimum energy
efficiency for separation, but they did not identify the func-
tional dependence of the optimum on process parameters.
Both Gardner and Ternan and Casati et al. used Nafion
membrane-based PEHPs. Recently, Benicewicz and co-work-
ers demonstrated the use of a polybenzimidazole membrane
in the PEHP.38 The PBI membrane operated at higher tem-
perature (�160�C) than the Nafion membranes (�25–70�C).
Benicewicz et al. determined that the efficiency of hydrogen
pumping was highest with pure hydrogen (as expected); they
also examined the effects of temperature and voltage on mit-
igating the deleterious effect of carbon monoxide. Unfortu-
nately, they did not report mass balances, so it was not pos-
sible to identify the energy efficiency for hydrogen separa-
tion. The previous studies appeared to focus on the problem
of impurities in the reformate feed. Benicewicz is also
involved with a company that produces a PEHP using the
PBI membrane technology; however, the specifications of
the operating efficiency are not available.39,40 None of the
previous studies analyzed the overall energy efficiency of
operation of their PEHPs. When efficiency was considered,
the studies defined energy efficiency as net energy recovered
divided by the total energy recovered at the cathode. The
authors failed to account for the energy lost in the hydrogen
leaving the anode. Those studies demonstrated the principle
of PEHP operation, but did not examine the engineering

Figure 1. Representation of a polymer electrolyte
hydrogen pump (PEHP).

A simulated reformate of H2/CO2/H2O is fed to the fuel cell
at the anode. Hydrogen is oxidized at the anode into protons
and electrons. The protons are pumped across the membrane,
whereas their electrons are transmitted through an external
circuit. The protons are reduced at the cathode producing a
purified H2 stream. [Color figure can be viewed in the online
issue, which is available at wileyonlinelibrary.com.]
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aspects of sizing and optimize throughput for hydrogen
recovery.

In this article, we report the development of a novel multi-
stage PEHP to achieve very high hydrogen recovery and
energy efficiency. We first describe the experimental results
on hydrogen recovery and energy efficiency from H2/CO2/
H2O mixtures obtained in a single-stage Nafion-based PEHP,
where the energy efficiency was found to be limited to circa
50%. These results are then analyzed using a simple mathe-
matical model to expose the role of resistance for hydrogen
transport across the porous electrode at the anode in limiting
energy efficiency. Armed with this understanding, we then
evaluate the performance characteristics of multistage
PEHPs. We demonstrate that a multistage PEHP operating at
fixed voltage can increase the energy efficiency to circa
75%, whereas a multistage PEHP with a programmed volt-
age profile can recover [98% of the hydrogen from a refor-
mate stream at [92% energy efficiency, which far exceeds
those achievable by other separation methods that focus on
extracting CO2 from the mixtures.

We have not considered trace impurities, such as CO,
H2S, COS, and so forth that are present in reformate stream.
The intent of this study is to assess the highest possible effi-
ciency of H2 purification from clean H2/CO2 mixtures attain-
able through PEHPs; unless the PEHP system operating with
clean H2/H2O/CO2 is more efficient than existing technolo-
gies for CO2 separation, it would be meaningless to pursue
any further development of the PEHP. Hence, our emphasis
has been to identify the system parameters relevant to energy
efficiency and explore the overall energy efficiency for dif-
ferent designs.

Experimental

The PEHP used in this investigation was based on the
one-dimensional differential or stirred tank reactor (STR)
Polymer Electrolyte Membrane (PEM) fuel cell developed at
Princeton.41 The STR design replaces the serpentine gas
flow channels seen in most commercial applications with an
open plenum that allows for thorough gas mixing at the an-
ode and cathode. The open plenum has four distributed pil-
lars of equal height that apply pressure on the membrane-
electrode-assembly (MEA) and act as current collectors once

the fuel cell’s connecting bolts are tightened. The membrane
electrolyte assembly has a surface area of 1.9 cm2 and a ple-
num height of 1.6 mm. Injection and exhaust ports were
drilled into each graphite electrode angled for gravity-
assisted drainage of liquid from the plenums.

The MEA was comprised of two carbon cloth E-TEK gas
diffusion media with a microporous layer on one side
(DeNora, NJ) and a catalyst coated Nafion

VR
115 membrane

(127 lm thick Nafion membrane from Ion Power, DE). The
catalyst coating was applied by air-brushing a suspension of
20 wt % Pt/C catalyst (Sigma-Aldrich) and solubilized
Nafion in methanol. The catalyst loading was 0.4 mg Pt/cm2.
Nafion membranes were prepared for use by boiling in 3%
H2O2/water, deionized water, 1 M H2SO4, and deionized
water for 1 h per step. Water drops were tamped from the
membrane and catalyst layers were applied to both sides of
the membrane by air brushing. After applying the catalyst
coating, the membranes were annealed in a vacuum oven at
70�C for 2 h and then stored in a sealed glass container at
100% RH and room temperature until use.

The catalyst-coated membrane was positioned between the
silicon gaskets and gas diffusion layers (GDLs) and then placed
between the two graphite plates machined with the plenum and
pillars. The graphite plates were press fit into two Teflon plates
placed between two stainless steel plates. The temperature of
the cell was controlled by cartridge heaters mounted in cylin-
drical ports drilled in the stainless steel plates. Figure 2 is an
exploded 3D model of the assembled PEHP cell.

Wires were soldered onto copper plates, which in turn
were glued (acrylic cement mixed with silver powder) to
each electrode. The lead wires from the fuel cell connect to
the external circuit through which the driving voltage for
hydrogen pumping was applied.

The PEHP assembly is placed in a thermally insulated
box, along with a gas humidifier, as illustrated in Figure 3.
H2, CO2, and N2 gases from standard purity industrial cylin-
ders were metered through Aalborg

VR
0–50 mL/min mass

flow controllers. The H2 and CO2 flow rates were set to
achieve a desired composition, mixed in a T-junction and
sent to the humidifier within the insulating box. The humidi-
fier’s water level was monitored and maintained manually.
Humidified H2/CO2 was fed into the anode compartment of
the PEHP. The effluents from the anode and cathode were

Figure 2. An exploded view of the assembled polymer electrochemical hydrogen pump.

The MEA (d) is sandwiched between the two graphite channel-less self-draining electrodes (c). A Cu plate is pressed against the back of the
graphite plates as shown on the right hand side graphite plate (c). These are embedded into Teflon plates (b), which are supported by stainless
steel heat sinks (a) with cartridge heaters. [Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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either collected in inverted graduated cylinders filled with
water to measure the integrated gas flows or run through
soap bubble meters to measure flow rates; the gas flow rates
allowed us to close the mass balances with less than 3%
error in all experiments. In all the experiments reported here,
the total pressure at both the anode and cathode was 1 bar
(within 10 cm of H2O). The PEHP cartridge heaters and the
humidifier heater were connected to digital controllers
(Omega) to maintain the desired temperatures. All the gas
flow lines to and from the PEHP cell were heat traced with
heating tapes connected to variacs to avoid liquid condensa-
tion in the lines. Relative humidity sensors (SENSIRON)
were placed in tees at the outlets from the PEHP cell.

The fuel cell’s external circuit wires were connected to
an Arbin data acquisition system running the Arbin’s
MSTAT4þ software. The Arbin is a capable of running sched-
ules that involve current ramps, current holds, voltage ramps,
voltage holds, and membrane Rint checks using the current-
interrupt method. Arbin schedules were programmed for cur-
rent measurements for 1 h at fixed applied potential differen-
ces. A current interrupt measurement was made at the begin-
ning and end of each potentiostatic measurement to determine
the internal resistance of the membrane. The voltage was
ramped in steps of 0.1 V from 0 to 0.8 V. Tests were carried
out with water saturated feeds, CO2/H2 feed ratios of 0, 0.2,
0.33, 0.5, 1.0, and 2.0, flow rates of 16–48 mL/min (2.9–17.2
� 10�6 mol/cm2 MEA s) and temperatures of 50 and 70�C.

CO2 concentrations in the anode and cathode outlets were
measured by passing fixed volumes of 50 mL through Sensi-
dyne precision gas detector tubes (GDTs). The anode efflu-
ent was passed through a 126UH tube to measure CO2 con-
centrations of 5–50 vol % CO2. The cathode effluent was
tested with a 126 SG model to measure a range of 0.02–1.4
vol % CO2. GDTs are graduated tubes containing a fixed
bed of reactant that on contact with CO2 changes color. A

total of 50 mL of the outlet gas was passed through the
appropriate tube, and the volume of CO2 in that sample was
determined from the color change of the GDTs.

Results

A sample set of experimental data is shown in Figure 4
for a total dry flow rate of 24 mL/min (8.6 � 10�6 mol/cm2/
s) at 50�C. The applied potential difference was stepped up
from 0 to 0.8 V in increments of 0.1 V, and the current was
measured for a 1-h period while holding the voltage fixed.
The CO2/H2 ratio of the feed is indicated. (C/H)in ¼ 0 is a
feed of hydrogen and water vapor (Pw ¼ P0

w) at a total pres-
sure (PT) of 1 bar. The partial pressure of water in the anode
feed is equal to the saturation pressure at 50�C (0.138 bar),
and the hydrogen pressure is the difference between the total
pressure and water vapor pressure (PH ¼ 1.0 � 0.138 ¼
0.862 bar). (C/H)in ¼ 0.5 corresponds to the typical compo-
sition from coal gasification. The feed rate and compositions
of the feed are given by temperature, (C/H)in ratio and dry
feed molar flow rate (Fdry) as given in Eqs. 1.

Molar Feed Rate ðmol=sÞ Fdry= 1� P0
w

�
PT

8: 9;
Mole Fraction Water anode in xw ¼ P0

w

�
PT

Mole Fraction H2 anode in xH ¼
1� P0

w

�
PT

8: 9;
1þ C=Hinð Þð Þ

Mole Fraction CO2 anode in xCO2
¼

1� P0
w

�
PT

8: 9;ðC=HÞin
ð1þ ðC=HÞinÞ

(1)

The membrane resistance was determined from current
interrupt measurements; the areal resistivity was constant to
within 10% (e.g., 0.45 � 0.05 X cm2) over the course of an
experiment such as shown in Figure 4; the resistivity of

Figure 4. Sample of experimental data for current as a
function of applied potential difference at dif-
ferent (C/H)in ratios with a water saturated
feed at 50�C.
Total dry flow was fixed at 24 mL/min with an MEA area
of 1.9 cm2 (flow rate ¼ 8.6 � 10�6 mol/cm2/s). [Color fig-
ure can be viewed in the online issue, which is available at
wileyonlinelibrary.com.]

Figure 3. A schematic of the setup, showing the gas
delivery apparatus, as well as the insulating
box containing the gas humidifier and the
PEM fuel cell assembly.

Temperature control techniques are used at the humidifier,
fuel cell, anode inlet, anode outlet, and cathode outlet.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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different MEAs varied from day to day within the range of
0.45–0.75 X cm2. The relative humidity at the anode was
always 100%, and the relative humidity at the cathode was
always [85%. We never saw evidence of reduced relative
humidity or increased membrane resistivity from drying.

At (C/H)in ¼ 0, the current increased almost linearly with
applied potential difference over the range of 0–0.8 V, con-
sistent with the proton current being limited by the ohmic re-
sistance of the membrane over the entire applied potential
difference range. To simplify the data presented in Figure 4,
the average current during each voltage hold was evaluated
and plotted against the applied potential difference in Figure
5. The linear increase of current with applied potential dif-
ference at (C/H)in ¼ 0 is seen more clearly in Figure 5. Hor-
izontal lines plotted in Figure 5 are the limiting currents
based on the molar hydrogen feed to the hydrogen pump as
given by Eq. 2.

imax ¼ 2FFdry

1þ C
�
H

� �
in

� � (2)

Figures 4 and 5 both show that the current increased linearly
with applied potential difference at low voltages for all (C/H)in
ratios. The current reached a limiting value that was less than
the stoichiometrically limited current (i\ 2Fin

H2
=F ) as the

applied potential difference was increased. Hydrogen oxida-
tion at the anode catalyst layer is fast when the applied
potential difference is large depleting the hydrogen at the
anode catalyst layer, which results in the proton current
becoming limited by hydrogen mass transport across the
porous GDL. This is analogous to mass transport limited
reaction on a catalyst surface at high temperature.

As the gases are well mixed in both the anode and cath-
ode plenums, the gas composition in the anode plenum can
be determined by mass balances (the mass balance equations
are given later in Eqs. 7 and 8). Figure 6 plots the current as
a function of the mole fraction of hydrogen at the anode out-

let at 50 and 70�C for different applied potentials; this graph
summarizes all the different flow rates and different (C/H)in
ratios. Two transport regimes are evident from the data in
Figure 6. At constant applied potential difference, the current
initially increases linearly with hydrogen mole fraction, xH2.
As the hydrogen mole fraction increases, the current reaches
a limiting value. The limiting current increases with applied
potential difference. As explained in detail below, the
increase in current with hydrogen mole fraction at small xH2
corresponds to the current being limited by hydrogen mass
transport across the GDL (where the hydrogen concentration
approaches zero at the anode catalyst layer). At higher
hydrogen mole fraction, the mass transport across the GDL
is sufficiently fast, so the concentration gradient across GDL
is small, and the proton current across the membrane is lim-
ited by applied potential difference. The slope of the linear
increase in current with hydrogen mole fraction is equal to
the effective mass transport coefficient of hydrogen across
the GDL, km ¼ 4.6 A/bar cm2 ¼ 2.4 � 10�5 mol/bar cm2.
The data suggest that the hydrogen mass transport coefficient
was insensitive to changes in temperature between 50 and
70�C.

The data in Figure 4 showed an unusual feature. At
applied potential differences above 0.3 V, the current mani-
fested regular oscillations; these are highlighted in Figure 7
where the time between 20,000 and 25,000 s has been blown
up. The magnitude of the oscillations increased with increas-
ing (C/H) ratio, becoming chaotic at the highest (C/H) ratio.
We suggest these oscillations are due to water condensing in
the anode. When hydrogen is removed from the water satu-
rated feed at the anode, the vapor becomes supersaturated
with water and liquid condenses. At higher currents, accom-
panying higher applied potential difference, more water con-
denses and the more pronounced are the oscillations. Even
though we used a self-draining cell design, the water

Figure 5. Average current as a function of applied
potential difference at different (C/H)in ratios
with a water saturated feed at 50�C.
The horizontal lines are the stoichiometric limits to the current
at the different (C/H)in ratios. [Color figure can be viewed in
the online issue, which is available at wileyonlinelibrary.com.]

Figure 6. Current in the PEHP as a function of anode
outlet hydrogen concentration and applied
potential difference.

Data from different flow rates, inlet compositions and at
temperatures of 50 and 70�C are summarized. The solid
lines are calculated from the model with values of km ¼ 2.4
� 10�5 mol/bar cm2 s and qmembrane ¼ 0.47 X cm2. [Color
figure can be viewed in the online issue, which is available
at wileyonlinelibrary.com.]
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appeared to form drops that accumulated at the outlet to the
cell. The outlet is a 3-mm hole drilled through a graphite
plate. A small pressure (~100 Pa) is needed to push the water
drops through the hydrophobic graphite hole. As the liquid
accumulates near the outlet of the cell, part of the MEA
becomes inactive causing a drop in the current. The liquid
accumulation at high currents causes part of the electrode to
become inactive, this also causes the decline in the current
with time at high voltages seen in Figure 4.

The second effect of water vapor is that it dilutes the
hydrogen/carbon dioxide gas mixture. The water partial pres-
sure is determined by the vapor pressure of water at the tem-
perature of the PEHP cell; the sum of the hydrogen and car-
bon dioxide pressures is equal to the total pressure less the
water vapor pressure. Increasing the temperature of the
PEHP at a fixed total pressure increases the water vapor
pressure reducing the partial pressures of H2 and CO2. The
reduction in hydrogen partial pressure due to increased water
vapor pressure caused a reduction in the current as shown in
Figure 8 where the current as a function of applied potential
difference at 50� and 70� are compared for the same (C/H)in
ratio and same dry feed rate. The current is reduced at the
higher temperature because the hydrogen pressure is effec-
tively reduced, which results in greater mass transport resist-
ance across the GDL.

As a separation technique the figures of merit of the
PEHP are: (1) the separation efficiency; (2) the energy effi-
ciency; and (3) product purity. The hydrogen product
obtained in our study was very pure; there were \200 ppm
CO2 in the hydrogen product stream, which was at our
detection limit. The separation efficiency is the fraction of
hydrogen feed to the anode that flows out the cathode. The
energy efficiency is equal to the energy content of the prod-
uct hydrogen less the energy expended on separation divided
by the energy content of the hydrogen in the feed. The
energy content of hydrogen was assumed to be the heat of
combustion of the hydrogen. These separation and energy
efficiencies are defined in Eqs. 3 and 4.

Separation Efficiency ¼ i

2FFanode
H2;in

(3)

Energy Efficiency ¼
i
2FDHcombustion � iVapplied

Fanode
H2;in

DHcombustion

(4)

The separation and energy efficiencies for the PEHP operating
at 50�C, total flow of 24 cm3/min and two different (C/H)in
ratios as functions of the applied potential difference are
shown in Figure 9. Hydrogen recovery increases with applied

Figure 7. Blow up of the time period between 20,000–
25,000 s from Figure 4.

This illustrates the regulator current oscillations that occur
due to the accumulation of liquid water in the anode of the
PEHP. [Color figure can be viewed in the online issue,
which is available at wileyonlinelibrary.com.]

Figure 8. Effect of temperature on the current in the PEHP.

The PEHP feed was 24 cm3/min with a (C/H)in ratio of 0.5.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Figure 9. Hydrogen recovery and net energy efficiency for
H2 recovery from H2/CO2/H2O streams in the
polymer electrochemical pump as a function of
applied potential difference and C/H inlet ratio.

The points are the experimental data at 50�C, water satu-
rated feed, 24 mL/min H2 þ CO2 feed with (C/H)in ratio as
specified. The solid lines (recovery) and dashed lines
(energy efficiency) are based on the model presented below.
The model calculations were based on the determined val-
ues of km and qmem for the 1.9 cm2 PEHP at 50�C, 1 bar,
24 mL/min dry inlet flow, with (C/H)in per experiment.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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potential difference and levels out at a maximum recovery; the
greater the (C/H)in ratio the lower the maximum recovery. The
energy efficiency goes through a maximum with applied
potential difference; the maximum energy efficiency is �45%,
achieved at an applied potential difference of �0.5 V.

Figure 10 presents the data from Figure 9 in terms of the
figures of merit for the separation process, plotting energy
efficiency as a function of hydrogen recovery. A third data
set not shown in Figure 9 is included to show how the
energy efficiency for the same inlet composition, (C/H)in ¼
0.5, changes with flow rate. Energy efficiency goes through
a maximum with hydrogen recovery, and the maximum
energy efficiency is reduced at higher flow rates. At low
hydrogen recovery, the energy efficiency is independent of
(C/H)in ratio and flow rate; this is the operating regime
where the current is limited by the applied potential differ-
ence. The energy efficiency increases with recovery because
less hydrogen is lost in the waste stream (the CO2 stream) as
recovery increases. At high hydrogen recovery, the current is
limited by hydrogen mass transport across the anode GDL.
When mass transport across the GDL is rate limiting increas-
ing the potential difference does not increase the current.
Increasing the voltage in the H2 gas transport limited regime
causes greater ohmic losses without any increased current,
which decreases the energy efficiency. The maximum energy
efficiency occurs at the transition between proton transport
limited current and mass transport limited current.

Discussion

Hydrogen purification from reformate mixtures with
PEHPs has been demonstrated by several previous investiga-
tors.33,34,36–38 Those studies focused on the feasibility of the
hydrogen pump for purification; only Casati et al. 37 per-
formed any analysis on the recovery and efficiency of the
process. They reported an increase in the hydrogen recovery
with applied potential difference and they also observed that
the energy efficiency decreased with applied potential differ-
ence (Casati et al. defined a coefficient of performance as a

measure of energy efficiency). Casati et al. showed an opti-

mum recovery as a function of space time, but they did not

see an optimum energy efficiency. They did not determine

the relationship between composition on the recovery or effi-

ciency. Both Casati et al. and Gardner and Ternan defined

energy efficiency as the net energy in the cathode stream

((Fcathode
H2;out DHH2,combusion � iVapplied)/F

cathode
H2;out DHH2,combusion)).

They did not account for the energy of the hydrogen lost in

the effluent of the anode stream.
The previous studies of PEHPs used complex flow field in

the electrochemical cells (serpentine flow design or multiple

parallel flow channels). With these complex flow fields there

are composition variations along the length of the flow chan-

nel that will give rise to a variable current density, which

make it difficult to recognize the effect that composition has

on the current density (as shown in Figure 6); this in turn

complicates the identification of the maximum in the energy

efficiency. Our use of a stirred tank or differential cell per-

mitted a direct connection between process parameters, flow

rate, composition, temperature and applied potential, and

hydrogen recovery and energy efficiency of the separation

process. The key results from our studies are:
1. High purity hydrogen can be separated from CO2 by

electrochemical pumping. (This is in agreement with previ-
ous studies).

2. With Pt/C catalysts and mixtures of CO2/H2O and H2,
there is negligible activation overpotential for hydrogen oxi-
dation at the anode or proton reduction at the cathode. (This
is in agreement with previous studies).

3. At low applied potential difference (Vapplied \ 0.5 V)
and hydrogen mole fraction at the anode [0.2, the current is
limited by the potential applied across the polymer electro-
lyte membrane.

4. At moderate applied potential difference (Vapplied [
0.3 V) and small hydrogen mole fraction at the anode xanodeH2

\ 0.1, the current is limited by mass transport of hydrogen
from the anode gas flow channel across the porous GDL to
the anode catalyst layer.

5. The applied potential difference where the current

transitions between proton transport limited and H2 gas

transport limited decreases as the mole fraction of hydrogen

in the anode gas flow channel decreases.
6. The energy efficiency of hydrogen recovery is maxi-

mized when the applied potential difference corresponds to

the transition between proton transport limited current and

H2 gas transport limited current.
The last four results provide the key connection between

process parameters and hydrogen recovery and energy effi-
ciency. This information can be used to develop models to
design PEHPs for optimal performance.

The design and operation of a PEHP for hydrogen recov-

ery involves a tradeoff between the efficiency of hydrogen

recovery and the capital cost of the PEHP. By increasing the

area of the membrane electrode assembly, the ohmic resist-

ance for proton transport is decreased permitting more effi-

cient operation. But the capital cost for the PEHP will

increase with size because the cost of the catalyst and mem-

brane make up the bulk of the cost of the separation unit.

Recovery, R, and throughput (hydrogen flow rate divided by

MEA area) for are related by inequality 5.

Figure 10. Energy Efficiency as a function of hydrogen
recovery from H2/CO2/H2O mixtures at differ-
ent (C/H)in ratios an different inlet flow rates.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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Fanode
H;in

AMEAkmðPT � PwÞ \
1�R

1þ C
�
H

� �
in
�R� �R (5)

Increasing the recovery requires decreased flow per unit of
MEA area. For 90% recovery of hydrogen with (C/H)in ¼ 1
and the gas diffusion electrodes used in our study (km ¼ 4.6 �
10�5 mol/bar cm2 s), the maximum current density (Fanode

H;in /
AMEA) is 0.4 A/cm2.

Our studies reported here used a stirred tank or differential

electrochemical cell where the compositions in the anode

gas flow channel and cathode gas flow channel were uni-

form. The STR PEHP is a single stage separation unit.

Changing the flow field design to serpentine or parallel flow

channels is the equivalent of creating a multistage separation

process. Multistage units can be modeled as single stage

units placed in series or parallel. The experimental results

with the single stage PEHP provide values of the membrane

resistivity and GDL mass transport coefficient necessary to

model multistage PEHPs and determine the optimal design

and operation.
We present below a simple model of the PEHP based on

the experimental results, and then apply the model to deter-
mine the optimal design and operation of hydrogen recovery
units based on three different configurations of a PEHP: sin-
gle stage, multistage with constant applied potential differ-
ence, and multistage with programmed applied potential dif-
ference.

Pumping of hydrogen across the membrane electrode as-
sembly of the PEHP involves the sequence of transport and
reaction steps outlined below:

1. Hydrogen gas molecules are transported by a combina-
tion of convection and diffusion across the anode GDL from
the anode gas flow channel to the anode catalyst layer.

2. Hydrogen gas molecules are adsorbed on the anode
catalyst.

3. Adsorbed hydrogen atoms are oxidized to protons and
electrons.

4. Electrons move from the anode catalyst layer through
the anode GDL, the external power supply, the cathode GDL
to the cathode catalyst layer.

5. Protons move from the anode catalyst layer into and
across the polymer electrolyte membrane.

6. Protons adsorb onto the cathode catalyst.
7. Protons and electrons combine making adsorbed

hydrogen atoms at the cathode catalyst.
8. Hydrogen atoms recombine and desorb as H2 mole-

cules from the cathode catalyst.
9. H2 gas molecules are transported by convection and

diffusion across the cathode GDL to the cathode gas flow
channel.

With good catalysts such as Pt the kinetics of hydrogen

adsorption/desorption and hydrogen oxidation/reduction steps

are rapid, and the rate limiting steps in hydrogen pumping

will be the transport steps. There are also other transport

steps occurring along with hydrogen pumping. Water will be

transported across the membrane electrode assembly due to

a concentration gradient. There will also be back diffusion

of molecular hydrogen from the cathode to the anode. We

will neglect those processes in the simplified model of the

PEHP described below.

Figure 11 is a schematic of the PEHP showing the driving
forces for hydrogen transport across the gas diffusion electro-
des and the polymer membrane. During steady-state operation,
the hydrogen flux is the same across each of the three layers,
as shown in Eq. 6. The catalyst layers are very thin and are
assumed to have uniform composition. Hydrogen is trans-
ported across the anode GDL by both diffusion and bulk
flow. The driving force for diffusion is the difference in
hydrogen partial pressure between the anode gas flow channel
and the anode catalyst layer. Bulk flow is driven by a small
pressure differential between the anode gas flow channel and
the anode catalyst layer created by removal of hydrogen at
the catalyst layer by oxidation. The bulk flow at the anode
carries both H2 and CO2 to the catalyst layer. As H2 is
removed by oxidation CO2 accumulates, so the concentration
of CO2 is greater at the anode catalyst layer than in the anode
gas flow channel. At steady state, the convective flow of CO2

to the anode catalyst layer must be balanced by CO2 diffusion
from the catalyst layer back to the anode gas flow channel.
Because the bulk convective flow is balanced by the diffusive
flow of CO2 the hydrogen transport can be described by diffu-
sion with a modified diffusion coefficient. In what follows,
we chose to use a lumped mass transport coefficient,
kanodem � ðDeffective

H2
e=RTstGDLÞ, instead of introducing multiple

unknown parameters for H2 and CO2 transport (the diffusiv-
ities of hydrogen, carbon dioxide and water, the porosity of
the GDL, and the tortuosity of the GDL); such a simplified
approach is sufficient for the present purpose.

At the cathode catalyst, protons and electrons recombine
to make hydrogen gas resulting in a pressure differential
across the cathode GDL. H2 is convected across the cathode
GDL. But, no diluent is convected with the H2, so there is
no back diffusion from the cathode gas flow channel to the
catalyst layer. The resistance to the convective flow across
the cathode GDL is small so the pressure differential is
small and gas composition across the cathode GDL is nearly
uniform. (We have estimated the pressure differential across
the cathode GDL using Darcy’s law to be �100 Pa or 10�3

bar.) The hydrogen mass transport coefficient for the cathode
(convective flow) is much greater than the hydrogen mass

Figure 11. Schematic of the hydrogen flux across the
gas diffusion electrodes and membrane in
the polymer electrolyte hydrogen pump.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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transport coefficient for the anode (diffusive flow), kcathodem �
kanodem .

The proton flux across the membrane is equal to the cur-

rent, given by the voltage between the anode and cathode

catalyst layers divided by the membrane resistance per unit

membrane area (qmem). The applied potential difference

between the anode and cathode is opposed by the voltage

associated with hydrogen’s chemical potential difference

between the anode and cathode catalyst layers (as distin-

guished from the hydrogen pressures in the gas flow chan-

nels). The opposing voltage corresponds to the work to raise

the pressure of hydrogen from low pressure at the anode cat-

alyst layer to high pressure at the cathode catalyst layer. The

opposing voltage is the second term in the numerator of the

current term in Eq. 6. The opposing voltage should also

include the activation overpotential, but our experimental

results with the Pt/C catalyst found that the activation over-

potential was negligible.

Flux ¼ kanodem P
anode
channel

H � Panode
H

n o
¼

Vapplied � RT
2F ln

Pcathode
H

Panode
H

8: 9;n o
2Fqmem

¼ kcathodem Pcathode
H � P

cathode
channel

H

n o
(6)

The experiments revealed a change in the limiting transport
resistance of hydrogen in the PEHP; at low concentrations of
hydrogen in the anode feed and high voltages, the current is
limited by mass transport across the anode GDL. The
hydrogen concentration becomes depleted at the anode catalyst
layer/membrane interface resulting in a large voltage opposing
the applied potential difference. Equation 6 was solved
numerically using the experimentally determined values of
km and qmem to determine the current as a function of the
hydrogen partial pressure in the anode gas flow channel and
applied potential difference and compared with the experi-
mental data in Figure 6. The data could also be reasonably
approximated by straight lines corresponding to the current
increasing linearly with voltage at low applied potential
differences a constant limiting current at larger applied
potential differences. The linear approximation makes model-
ing much simpler, it only requires the partial pressures in the
gas flow channels as inputs. The linear approximation captures
the critical trends with reasonable accuracy to obtain
semiquantitative comparisons of different system designs.

Operating at the transition between proton transport lim-
ited current and H2 gas transport limited current is essential
for efficient PEHP operation. When the current becomes H2

gas transport limited, further increase in the applied potential
difference does not produce any increase in current; hence,
increasing voltage results in increased power dissipation
without any increase in hydrogen recovery, and so the
energy efficiency decreases. High energy efficiency requires
the applied potential difference for the hydrogen pump be
kept below the onset of the mass transport limiting current.

The optimal energy recovery efficiency with the minimum
cost is achieved when operating at the H2 gas transport lim-
ited current. This gives the highest throughput and recovery
without energy dissipation due to mass transport across the
anode GDL. The applied potential difference should be set
to operate at the transition between ohmic control and mass

transport control based on the composition in the anode gas
flow channel, and the feed rate should be set to achieve
maximum recovery at the mass transport limit. Increased
voltages will result in dissipated energy without any increase
hydrogen recovery. Increased feed rates will result in a
smaller fraction of the hydrogen feed being recovered so the
net energy efficiency also decreases.

The simple PEHP model consists of a set of mass balan-
ces at the anode, cathode, and across the MEA.

Mass balances at the anode

The flow rates in the analysis below are the molar flow
rates per unit area of MEA (mol/cm2/s), and j is the current
density of protons.

Fanode
H2;out

¼ Fanode
H2;in

� j

2F
Fanode
CO2;out

¼ Fanode
CO2;in

Fanode
H2O;out

¼ Fanode
H2O;in

(7)

Mass balance at cathode

The flow out of the cathode is equal to half the proton
current across the electrolyte membrane. We have neglected
any crossover by diffusion or electro-osmotic drag; these are
small secondary effects.

Fcathode
H2;out

¼ j

2F (8)

The current density is determined by the balance of the
hydrogen fluxes across the membrane and the anode GDL as
shown in Figure 11. The simplified linear model of the current
density in the PEHP given by Eq. 9 was used in the
calculations. Equation 9 neglects both the activation over-
potential and the opposing potential generated between the
anode and cathode catalyst layers due to depletion of hydrogen
at the anode. The experimental data showed the activation
overpotential was negligible (gact \ 0.01 V). The depletion
voltage is only important there is severe mass transport
limitations across the anode GDL, for example,

ðP
anode
channel

H2
=P

anode
catalyst

H2
> 100Þ, corresponding to voltages �0.2 V

greater than the transition voltage; as the optimal design

condition is at or close to the transition voltage, we need not

concern ourselves with the depletion voltage in our simplified

analysis.

At low applied potential differences, the current is equal to
the applied potential difference between the anode and cath-
ode divided by the areal membrane resistance, qmem. (qmem is
the effective resistance combining both membrane resistance
and the ohmic resistance of the ionomer in the catalyst layer).
At high applied potential difference, the current density is
constant at the H2 gas transport limited current. The transition
to the H2 gas transport limited current depends on the mole
fraction of hydrogen in the anode flow channel.

j ¼
Vapplied

qmem

Vapplied

qmem
\jmax

jmax ¼ 2Fkmx
anode
H2;out

PT
Vapplied

qmem
> jmax

(
(9)
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The mole fraction of hydrogen at the anode is given by Eq. 10,
where the pressure ratio term accounts for the dilution by
water vapor. Equation 10 assumes the anode to behave as a
perfectly mixed unit, and the composition in the anode flow
channel is uniform and the same as the effluent. It is also
assumed that the anode effluent is saturated with water vapor;
as seen in our experiments, some condensation of water can
occur, but, in our simple analysis, we do not track it.
(Analyzing water condensation and its influence on the
hydrogen transport are important if we are able to analyze
the oscillations reported in Figures 4 and 7.)

xanodeH2
¼ Fanode

H2;out

Fanode
H2;out

þ Fanode
CO2;out

þ Fanode
H2O;out

¼ Fanode
H2;out

Fanode
H2;out

þ Fanode
CO2;out

� �
Panode

Panode�P0
H2O

8>: 9>; (10)

Equations 7, 8, and 10 can be substituted into the Eq. 9 to solve
for the maximum current density.

jmax

2F ¼ 1

2
Fanode
CO2;in

þ Fanode
H2;in

h i P

P� P0
H2O

þ kmP

( )

� 1

2
Fanode
CO2;in

þ Fanode
H2;in

h i P

P� P0
H2O

þ kmP

 !2

�4kmPF
anode
H2;in

8<
:

9=
;

1=2

(11)

Hydrogen recovery and energy efficiency can be determined
using Eqs. 5 and 6 (substituting current density for current).
The applied potential difference for the maximum current
density is found from Vapplied ¼ jmaxqmem. Experimental data
were presented here for Pt/C coated Nafion 115 membrane
with E-Tek porous GDL electrodes found qmem ¼ 0.47 X cm2

and km ¼ 2.4 � 10�5 mol/bar cm2 s. Hydrogen recovery and
energy efficiency as functions of applied potential difference
predicted by this simplified model are compared with the
experimental data in Figure 9. The data at other flow rates and
temperatures were fit equally well with this model (not
shown). The bilinear approximation of the simplified model
results in sharp maximum in efficiency as a function of applied
potential difference; a more refined model could better fit the
experimental data, but the simplified model considered in this
study makes it easier to identify the controlling physics of the
PEHP operation.

The model presented above is for a single stage PEHP,
analogous to a flash drum or condenser for vapor/liquid sepa-
rations. The recovery and energy efficiency as a function of
the inlet molar flow per unit of MEA area are shown in Fig-
ure 12. At the experimental conditions reported here, the max-
imum energy efficiency was �45%. However, model analysis
reveals that by decreasing the flow rate per unit area of the
MEA, it is possible to increase the recovery and energy effi-
ciency; the energy efficiency can be increased to over 65% by
decreasing the flow per unit MEA area by a factor of 2.

The efficiency maxima occur when the recovery causes
the current to reach the mass transport limit. Inset in Figure
12 is the applied potential difference as a function of the

feed flow rate; the optimum applied potential difference
must be reduced at low feed flow rates. As the inlet flow
rate is reduced, the hydrogen mole faction at the anode of
the PEHP is reduced because a larger fraction of the hydro-
gen in pumped from the anode to the cathode. At lower
hydrogen mole fraction at the anode the H2 gas transport
limited current occurs at lower values. Figure 12 reflects the
same trends seen experimentally in Figure 9, and higher
energy efficiency can be achieved by reducing the feed flow
per unit area of MEA. Figure 12 suggests that energy effi-
ciency in a single stage separation unit can be improved
from 40% to over 60% by reducing the flow rate per unit
area by a factor of 2. This illustrates the PEHP operation is
similar to other separation processes—higher efficiency is
achieved at reduced throughput.

Further improvement to the efficiency of the PEHP can be
achieved with a multistage process. Multiple stages can be
obtained with either distinct units or flow channels that
reduce axial mixing (thereby creating the equivalent of mul-
tiple units). Multistage processes can be modeled as a series
of single stage separation units, with each stage having an
effective resistance, Rstage ¼ qmem/Astage, and mass transport
coefficient kstage ¼ km � Astage. Two methods of operation
can be considered, either constant applied potential differ-
ence (same Vapplied for each stage) or a programmed voltage
(Vapplied can be optimized for each stage).

First, consider multistage operation with fixed applied
potential difference. At the inlet to the PEHP, the hydrogen
pressure is high, and the current will be limited by the
applied potential difference. As hydrogen is depleted along
the length of the flow channel, the mass transport of hydro-
gen across the porous GDL electrode becomes progressively
limiting. If the applied potential difference is the same for
every stage, at some stage, the hydrogen mole fraction will
be reduced to the point where there is a transition from pro-
ton transport limited current to H2 gas transport limited

Figure 12. Efficiency vs. Hydrogen Recovery as a func-
tion of feed flow rate per unit MEA area.

The family of curves are for (C/H)in ¼ 0.5 with water sat-
urated feeds at 50�C and flow rates of 6–13.5 mL/cm2

min. The points are the experimental data for 12 mL/min
feed. The inset graph is the applied potential difference at
the maximum energy efficiency. [Color figure can be
viewed in the online issue, which is available at
wileyonlinelibrary.com.]
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current. Stages downstream of this transition will operate in
the H2 gas transport limited current regime and have lower
energy efficiency. The optimal energy efficiency of a fixed
voltage multistage unit occurs, when the feed flow rate is
adjusted so the transition to H2 gas transport limited current
occurs at final stage. The applied potential difference limits
the hydrogen mole fraction in the anode outlet, which limits
the maximum hydrogen recovery and energy efficiency. The

maximum energy efficiency of a fixed voltage 20 stage
PEHP with (C/H)in ¼ 0.5 was estimated in our study to be
circa 74%.

The hydrogen recovery and energy efficiency for a 20-
stage PEHP with constant voltage is compared with a single
stage PEHP with the same total MEA area and flow rate in
Figure 13. The multistage system achieves higher efficiency
because it operates over a larger region with voltage limiting
the current. The multistage unit achieves maximum effi-
ciency at slightly lower applied potential difference than the
single stage unit.

Higher overall energy efficiency can be obtained if each
stage of the PEHP is operated at maximum efficiency. This
requires programming the voltage to each stage of the PEHP
so that the applied potential difference corresponds to the tran-
sition voltage for the local composition at that stage, i.e. the
applied potential difference is adjusted to always have opera-
tion at the transition between proton transport limited current
and H2 gas transport limited current. Voltage programming
could be accomplished with segmented electrodes along
straight parallel flow channels. With a multistage unit the volt-
age is set highest at the inlet where the mole fraction of
hydrogen is highest. As hydrogen is depleted in each stage the
voltage is decreased to always stay in the proton transport lim-
ited current regime. The maximum energy efficiency of a vari-
able voltage 20 stage PEHP with (C/H)in ¼ 0.5 is circa 93%.

Figure 14 compares 20-stage PEHPs with fixed voltage
and programmed voltage. By programming the voltage to
always be at the transition between proton transport limited
current and H2 gas transport limited current at the local con-
centration the overall energy efficiency is substantially
increased. Table 1 compares the optimal performance of a
single stage PEHP with multistage PEHPs with either fixed
or programmed voltages. The results in Table 1 show that
the energy efficiency can be substantially improved through
the use of a programmed voltage. The model for the PEHP
shows that the system can be designed and operated to
achieve high recovery ([90%) with high net energy effi-
ciency ([90%). The voltage programmed multistage PEHP
can, in theory, achieve greater efficiency than amine scrub-
bing. A more complete economic analysis is required to
assess whether the improved efficiency can justify the capital
cost for this technology.

The major advantages to the PEHP are: (1) the hydrogen
stream has high purity and is not contaminated—other proc-
esses recover a purified CO2 stream and the hydrogen
requires additional purification; (2) the hydrogen is recovered
as a pressurized stream—the PEHP does the pumping and
additional pumping is not required; (3) the process does not
require high temperature or pressure making it simpler and

Figure 13. Efficiency and recovery of a single stage
and multistage (20 stage) PEHP for hydro-
gen recovery from (C/H)in50.5 CO2/H2/H2O
mixture at a feed rate of 6.3 cm3/cm2 min.

The multistage unit is the same total size as the single
stage unit. [Color figure can be viewed in the online issue,
which is available at wileyonlinelibrary.com.]

Figure 14. Voltage and current along the length of a 20
stage PEHP separating a CO2/H2/H2O mix-
ture at 50�C.
The solid lines are the current density in each stage and
the dashed lines are the voltage in each stage. The voltage
programmed unit has a voltage profile chosen such that
the unit always operates at the maximum voltage where
ohmic reistance is current limiting. At fixed voltage the
current is limited by ohmic resistance near the inlet but
becomes H2 gas transport limited as hydrogen is depleted
causing the current density to decrease. As the voltage
increases the depletion zone moves towards the inlet.
[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Table 1. Efficiency of Operation of a PFR Hydrogen Pump

Voltage

Hydrogen
Recovery

(%)

Energy
Efficiency

(%)

Single stage Vapplied ¼ 0.45 V 62.3 44.2
20 Stage, fixed Vapplied ¼ 0.2 V 76.3 64.1
20 Stage, fixed Vapplied ¼ 0.25 V 92.2 73.8
20 Stage, fixed Vapplied ¼ 0.3 V 96.8 73.6
20 Stage, variable Vapplied ¼ 0.65 ! 0.02 98.25 92.6
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safer; (4) the process is inherently modular and could be
adopt for distributed processing.

The most important result for the design of PEHPs is that
mass transport across the GDL is often the dominant resist-
ance for proton current and accounts for much of the energy
losses in hydrogen purification. Reducing the membrane re-
sistance certainly improves the energy efficiency when the
PEHP is operated where the applied potential difference is
current limiting, but energy losses because of the mass trans-
port resistance are the dominant energy loss at high hydro-
gen recovery.

Conclusions

The recovery and energy efficiency of hydrogen separation
from a simulated reformate stream with a PEHP was meas-
ured as functions of the operating parameters: gas flow rate,
gas composition, temperature, and applied potential differ-
ence. Hydrogen was recovered in a single stage PEHP with
very high purity ([99.99%) at energy efficiencies of 45%.
The hydrogen current in the PEHP was limited by the
applied potential difference at low applied potential differen-
ces and high hydrogen mole fraction in the feed. As hydro-
gen is depleted through pumping, the current becomes lim-
ited by mass transport across the porous GDL at the anode.
When the current is H2 gas transport limited, the energy effi-
ciency of the PEHP is reduced. Optimal separation perform-
ance is achieved when the applied potential difference is at
the transition between proton transport limited current and
mass transport limited current. The key engineering parame-
ters for the hydrogen pump are the membrane resistance and
the mass transport coefficient for the GDL at the anode.
These were measured for a Nafion-based PEHP.

The experimental results formed the basis for predictive
models of single stage and multistage PEHPs for hydrogen
recovery from reformate streams. A simple model is able to
reasonably fit the experimental data and was extended to
demonstrate that energy efficiencies of [90% with [98%
hydrogen recovery are possible with voltage programmed
multistage PEHPs.
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Notation

AMEA ¼ area of membrane electrode assembly (cm)
Deffective

H2 ¼ effective diffusion coefficient of hydrogen in the GDL
Felectrode
i;location ¼ molar flow of species i at inlet or outlet location at the

anode or cathode (mol/s), also used for areal flow rates
(mol/cm2 s)

Fdry ¼ molar flow of hydrogen and carbon dioxide to the anode
(mol/s)

Rmembrane ¼ membrane resistance (X)
i ¼ proton current (amp)

imax ¼ maximum current ¼ 2(hydrogen feed rate)

j ¼ current density (amp/cm2)
km ¼ mass transport coefficient (mol/bar cm2)

qmem ¼ areal resistivity of membrane (X cm2)
Vapplied ¼ voltage applied between the anode and cathode (volt)

Pw ¼ water vapor pressure (bar)
P0
w ¼ saturation water vapor pressure at pump temperature

(bar)
PT ¼ Total Pressure (bar)
PH ¼ hydrogen pressure (bar)

PCO2
¼ carbon dioxide pressure (bar)

R ¼ hydrogen recovery
R ¼ gas constant

tGDL ¼ thickness of gas diffusion layer
xH ¼ hydrogen mole fraction
xC ¼ carbon dioxide mole fraction
e ¼ void fraction of GDL
F ¼ Faraday’s constant (96,468 coulombs/mol)

DHcombustion ¼ heat of combustion of hydrogen (286 kJ/mol)
gact ¼ activation overpotential for hydrogen oxidation/reduction
s ¼ tortuosity of GDL
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